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DEVELOPMENT AND MODELING OF A
CONTINUOUS SIMULATED MOVING BED
ION EXCLUSION PROCESS FOR THE
SEPARATION OF ACID AND SUGAR

R. M. Springfield' and R. D. Hester”

"Mississippi Polymer Technologies, 13233 Webre Road,
Bay Saint Louis, Mississippi 39520
*University of Southern Mississippi, Box 10076,
Hattiesburg, Mississippi 39406

ABSTRACT

The emission of large quantities of the greenhouse gas carbon
dioxide into the atmosphere, as well as our increasing dependence
on foreign oil supplies and the need to stimulate the lagging farm
economy, has prompted research in the production of renewable
liquid fuels from lignocellulosic materials. Acid hydrolysis of the
cellulosic fraction of these materials into sugars that can be fer-
mented to ethanol is one option. In support of this approach, a sim-
ulated moving bed ion exclusion chromatography system was con-
structed for the continuous separation of the product sugars from
the acid used to effect hydrolysis. A numerical simulation model of
the process is presented here. Our system consisted of 4 zones of
18 resin-packed columns, each approximately 820 mL in size, ar-
rayed about a central manifold system using solenoid valves to
control fluid flow. The model is based upon experimental data
from the system arrayed with 9 doubled and 18 single columns.
The numerical simulation model was used in conjunction with sta-
tistical experimental design techniques to probe the optimum op-
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912 SPRINGFIELD AND HESTER

erating conditions: the selection of the simulated flow rate, the
number of columns needed in each zone and the appropriate num-
ber of columns in the system as a whole. A development facility
more than 10-times the current system size is being pursued.

INTRODUCTION

This paper presents part of the work to develop a commercializable process
for the conversion of lignocellulosic materials to fuel-grade ethanol. Candidate
lignocellulosic materials include agricultural waste, crops such as grasses with
high cellulose content, under-utilized and short rotation forest products, and mu-
nicipal solid waste. The process utilizes sulfuric acid to hydrolyze cellulose into
simple sugars. After removal of residual lignin, the resulting acid/sugar mixture or
hydrolyzate is separated allowing reuse of the acid and fermentation of the sugars
to produce fuel-grade ethanol. Among the many benefits arising from the efficient
conversion of lignocellulosic resources to fuels are

* A substantial reduction in the emission of carbon dioxide from vehicle
exhaust emissions with an overall improvement in air quality.

* Recovery and utilization of waste materials.

* Added value for agricultural and forestry crops.

This paper describes the numerical simulation of the acid recovery system:
a continuous simulated moving bed (SMB) ion exclusion chromatography system
used to separate the hydrolyzate into an acid-rich stream and a sugar-rich stream.
The simulation development is part of a scale-up plan for commercialization. This
SMB system is a laboratory scale continuous separation process consisting of 18
resin-packed columns connected by flow control valves. The following discussion
reviews the process before addressing the model and results.

Process Overview

As previously reported (1) and shown in Figure 1, the major systems in this
process for the conversion of lignocellulosic materials to ethanol and lignin:

Lignocellulosic solids feed and acid impregnation
Hemicellulose and cellulose hydrolysis to sugars

Lignin separation

Acid recovery and sugar separation

Acid concentrated

Sugar concentrated

Fermentation of the pentose and hexose sugars to ethanol

Nk Wb =
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Figure 1. Process schematic.

The impregnation system continuously exposes the lignocellulosics to con-
centrated sulfuric acid under high-shear conditions. The acid serves as a catalyst
in the continuous hydrolysis reactor. High temperature hydrolysis of the acid im-
pregnated cellulosic materials produces an aqueous sugar/acid solution called hy-
drolyzate. The Lignin Separation system removes the residual solids in the hy-
drolyzate above Spm in size using a belt filter and membrane filters. The
hydrolyzate, an aqueous solution of acid (~12-wt. %) and sugars (~5-wt. %), is
then pumped into the recovery system. The Acid Recovery system uses continu-
ous ion exclusion to separate the hydrolyzate into acid-rich and sugar-rich aque-
ous streams. The acid-rich stream is concentrated to 70-wt. %, by evaporation and
then recycled to the Impregnation system. The sugar-rich stream is concentrated
by evaporation to 9.5-wt. % sugar and fermented.

SEPARATION SYSTEM DESIGN

The separation system used for this research is a classical simulated moving
bed design using Ion Exclusion Chromatography (IEC) to separate the solute
molecules. After outlining the principles involved in IEC and discussing the SMB
design used for this study, the model will be addressed.
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Ton Exclusion

Wheaton and Bauman first noted IEC in 1953 (2). The foundational princi-
ple of this technique is that the concentration of an electrolyte in a polar solvent is
lower within the pores of a microporous ion exclusion resin than in the interstitial
(hereafter referred to as macropore) volume. The resin used in these early experi-
ments was a strong cationic exchange resin (sulfonated poly(styrene-co-divinyl-
benzene)) in the hydrogen form and is similar to the resins used for this project.
Wheaton and Bauman noted that the resin had to be of the same ionic charge as
the ionic portion of the materials being separated (2). Figure 2 shows a schematic
representation of the resin bed structure highlighting the micropores and macrop-
ores. Separation results from differences in the path the solute molecules travel,
which depends upon the size and ionic nature of the solute.

The mean path length for a charged solute molecule through an ionic chro-
matographic system is greatly influenced by coulombic repulsive forces. Ionic
separation of differing solute molecules is achieved if they have sufficiently dif-
ferent ionic character. Conditions that contribute to good separation between
ionic and non-ionic molecules include low ionic concentrations in the feed
stream, small feed-to-solvent volume ratios, low feed rates, and elevated tem-
peratures (3, 4).

Resin Bed

Resin Macropore Volume

Porous Resin Particles

Resin Micropore Volume

Figure 2. Resin bed schematic.
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Simpson and Wheaton have shown that the most important descriptive pa-
rameter for separations using IEC is the difference in the distribution coefficient
(5). Distribution coefficients describe the ratio of the concentrations of solute
molecules in the micro- and macropores of the chromatography column. One in-
fluence on the distribution coefficient in an IEC system is resin swelling or shrink-
ing in the column. A polar solvent, used as the mobile phase in the chromatogra-
phy system, typically swells the resin. Resin swelling is a response to an
imbalance between osmotic pressure and the retractive forces acting on the poly-
meric chains of the resin. The swelling yields resin volume changes that reflect the
new equilibrium of these forces. For example, an increase in the local ion con-
centration would reduce the electrostatic repulsive forces and result in micropore
shrinkage. On the other hand, an increase in temperature allows the polymer to re-
lax reducing the retractive forces and increasing the micropore volume.

Tonic species are excluded from the micropores as explained by the Donnan
exclusion principle, which states that the electric potential in the resin must remain
balanced (6). Therefore, since the sulfonate group is physically attached to the
polymer composing the resin, other ions are predominately excluded from the
resin because their presence within the resin would disrupt the electric potential
balance. The ionic species is therefore excluded from the microporous resin inte-
rior volume because the resin walls repel the ionic species with like charge. In
contrast, the non-ionic species have free passage into the micropore volume be-
cause they have no ionic charge. Because of this ionic exclusion, the interior vol-
ume of the resin becomes saturated with non-ionic species when it is exposed to
the feed. Note, however, that while the ionic species is excluded from entering the
resin, it also is changing the balance of forces on the particle and causing shrink-
age of the resin particle. This shrinkage will effect the ability of the non-ionic
species to move into and out of the resin particle. In addition, Saska has shown that
the presence of sugar can change the diameter of the resin particle (7). This effect
is assessed as being the result of the change in the degree of hydration of the resin
particle. These changes in particle diameter, in addition to impacting the separa-
tion efficiency, are also shown to impact the kinetics of the mass distribution pro-
cess. Ching has shown that in high concentration regimes the sugar absorption
isotherm is non-linear (8). This, according to Saska, is in part attributable to the
resin particle diameter changing with a change in species concentration (7). In the
case of an acid/sugar separation both the acid and the sugar can affect the hydra-
tion of the resin particle and thus the separation performance.

Simulated Moving Bed Systems

The idea of simulated moving beds dates from the 1840’s, according to
Wankat (9), and has been used in many separation applications, including petro-
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916 SPRINGFIELD AND HESTER

chemicals and agriculture (9, 10). For our purposes we will focus on the applica-
tion of Simulated Moving-Bed (SMB) systems to the Ion Exclusion Chromatog-
raphy (IEC), the application of interest. SMB IEC systems are composed of a se-
ries of beds packed with a microporous ion exchange resin. Simulated movement
of the resin bed and the flow of fluid through the interstitial bed volume carry the
non-ionic species away from the ionic species, which are principally located
within the interstitial volume of the beds. The ionic species is removed from the
SMB IEC system in an ionic species-rich stream. The non-ionic species are later
forced out of the bed and removed from the SMB IEC system by a continuous
flow of fresh elution fluid, in our case water, countercurrent to the resin move-
ment. The resin, now free of non-ionic species, is recycled to be again exposed to
the feed and thus continuously repeat the separation process.

A SMB IEC system for acid-sugar separation similar to that described by
Hartfield (3) is shown in Figures 3 and 4. Figure 3 shows the conceptual arrange-
ment of the different zones of the system and illustrates the countercurrent flow of
resin and fluid in an SMB system. Figure 4 illustrates how sequencing the column
beds simulates resin flow by following column three through a complete cycle. At
specific times, flow valves may be set so that any column would correspond to the
top of Zone I, in Figure 3. For example, in Time III of Figure 4, Column 3 is the
top of Zone 1.

Acid/Sugar Separation SMB IEC System Configuration

Specifying the columns having the acid/sugar feed input stream, water input
stream, sugar-rich takeoff stream, and acid-rich takeoff stream configures fluid

. —_‘1 Water Inlet at Column 0 (W)

)

2 |z

s & Zone I (4 Cols)

T £ Sugar Takeoff Stream at Column 3 (S)
3 |82 g 2

§ » 8 Zone II (4 Cols)

3 |ee _

= %‘_'\_ ‘@__ Hydrolyzate Feed Input at Column 8 (F)
E £3 Zone III (6 Cols)

% 2 £ » Acid Takeoff Stream at Column 13 (A)
© [**  |ZonelV (4 Cols)[*7 I )

o AA

2 7'y

Figure 3. 1dealized SMB system.
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Figure 4. SMB cycle.

movements throughout the system. In addition, the input and output columns for
internal system recycle must be defined. Also, the rate of bed fluid movement on
a per column basis must be established by specifying the valve shift times, that is
the time allotted to each system configuration as determined by the fluid-flow
control valves. The fluid movement rate is given by dividing the total column fluid
by the shift time. All these parameters are inputs to the model.

Although all columns are at the same elevation, for discussion purposes, we
can consider the system to be stacked vertically with a continuous flow of fluid
from top to bottom. The ““top column’’ of the SMB IEC system is always consid-
ered the column having the elution water inlet stream as shown in Figure 3. The
direction of column bed movement is always from the bottom of the system to the
top of the system, thus the resin movement can be considered to go up the SMB
IEC system.

SMB systems have been used with both three and four zones; however, the
four-zone system offers a more economical use of elution fluid (11). The most fa-
miliar four-zone system is UOP’s Sorbex family of separation processes (12, 13).
As shown in Figure 3, Zone I is from the water inlet through the sugar takeoff
stream. Zone II is from the inlet below the sugar takeoff stream through the col-
umn preceding the acid/sugar feed stream inlet column. Zone III is from the
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918 SPRINGFIELD AND HESTER

acid/sugar feed stream inlet through the acid takeoff stream. Zone IV consists of
all the columns remaining in the system from the inlet below the acid takeoff
stream to the last column. The process is analogous to a distillation process in
which Zones IV and I function as condenser and reboiler as noted by Ruthven and
Ching (11).

Each zone of columns performs a specific function. The columns of Zone I
function to purge sugar from the resin micropore volume and provide for its re-
moval via the sugar takeoff stream. Zone II columns separate the acid from the
sugar in the micropores. Zone III columns allow the resin micropore fluid to sat-
urate with the sugar being introduced from the acid/sugar feed stream. In Zone III,
sugar in the micropore fluid is carried up by the simulated upward flow of bed
resin. Zone IV columns are labeled as a “solvent saver’’ zone by UOP writers,
while Hotier recommends considering this as simply a buffer zone (13, 14). Re-
gardless, due to the Zone flow rate requirements for correct system operation, only
solvent passes from the last column in the system to the top and any acid entering
Zone 1V is carried upward for removal from the system (11).

Ruthven and Ching have compiled an excellent review paper detailing
countercurrent and simulated countercurrent absorption processes (11). Ruthven
and Ching divide modeling approaches based upon representation of the system,
on the bed elements, and on whether the treatment is equilibrium theory based
or based on a linear driving force model using a rate equation to account for
mass transfer resistance. System representations deal with the distinction be-
tween a true continuous countercurrent depiction and a direct simulation of port
switching. The bed elements can be resolved either by a plug flow or axial-dis-
persed plug flow model or as equilibrium mixing cells. We have chosen to make
use of numerical simulation of direct port switching using mixing cells. This
method allows generation of the transient profiles as the system approaches
equilibrium as well as the final equilibrium condition; however, it is more com-
putationally intensive as noted by Ruthven and Ching. Nanguneri noted that the
local acid concentration affects the separation and Ruthven and Ching noted that
nonlinear and/or coupled equilibria require a special approach to modeling (4,
11). We find that a model similar to what is needed in this study is described by
Ching (15). The following section will describe the theoretical basis of our
model.

CONTINUOUS ION EXCLUSION SEPARATION MODEL

To model our system, we have chosen an equilibrium mixing cell numeri-
cal simulation of the system. This approach allows for complete simulation of the
process without appeal to complex mathematical descriptions of the mass transfer
and fluid flow. Mass transfer resistance and dispersive effects are accounted for

Copyright © Marcel Dekker, Inc. All rights reserved.
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by the size assigned to the equilibrium cells in the model. At small step sizes this
approximation should not introduce excessive error (16).

In the mixing cell approach, the system is divided into equilibrium units
called theoretical plates, or more accurately, into bed lengths corresponding to
the height equivalent of a theoretical plate (HETP). In general, HETP is a func-
tion of mass flow rate, diameter of the packing material particles, degree
of cross-linking in the particles (controlled by the content of divinyl benzene in
the resin formulation), loading of species to be separated on the packed bed, etc.
In our model, the bed is actually meshed in smaller units to increase the numer-
ical stability of the solution. These smaller units are handled in small increments
and the resulting mass distribution is then averaged to reflect equilibrium
considerations.

Ching notes that the system species profiles computed by a model are much
more sensitive to the equilibrium relationships than the value assumed for HETP,
and thus it is difficult to assess the assumption of constant HETP within the sys-
tem (15). In our model we change the HETP based upon local flow rate and con-
centrations. The magnitude of these changes was fitted to the experimental data
during model development.

Because the particle diameter is a function of local species concentration,
the particle diameter is considered indirectly in the HETP value. As was described
in the introduction, the dominant change in particle diameter is driven by the acid
concentration effect on the osmotic pressure in the particles themselves. We have
elected to reflect the fact that the acid has a strong affect upon the sugar and the
sugar a minimal impact upon the acid by using the following equations to define
the distribution coefficient for each species, Kciq and Kgyg,r. The distribution co-
effiecient for the acid is given by,

KAcid = KOAcid - AAcid * PlateFlowRate
while the sugar is given by
Ksugar = KOsygar — Asugar * PlateFlowRate + B * Caciq.

These functions account for the effect of flow rate on the kinetics of sepa-
ration. The sorption process is kinetically constrained in part due to the geometry
of the resin. The KO’s are the distribution coefficients measured at equilibrium
conditions. A and B are empirically derived constants and Ca.q is the local acid
concentration

According to Saska, Monosphere 99 resin has a volume weighted mean pore
diameter of approximately 10 A; that is, half the resin pores are larger than 10 A.
Saska then concludes that a large fraction of the pores are of about the same di-
ameter as the hydrated sugar molecule (sucrose is approximately 5 to 7 A) and
penetration into the resin pores requires displacement of hydration layers (7). This
geometric constraint is made evident in the flow rate term by the effective distri-

MaRcEL DEKKER, INC.
270 Madison Avenue, New York, New York 10016

Copyright © Marcel Dekker, Inc. All rights reserved.

)



10: 48 25 January 2011

Downl oaded At:

ORDER | _=*_[Il REPRINTS

920 SPRINGFIELD AND HESTER

bution coefficient used in our model where the time element of the diffusion into
and out of the resin is affected by the exposure time or the flow rate.

Other model parameters include the bed geometry terms, the feed composi-
tion, and the cycle definition. The geometry terms include length and diameter of
a single bed, as well as the number of beds in the system and the number of mix-
ing cells per bed. The feed composition includes both the acid and sugar concen-
trations in the feed stream. The cycle definition includes the valve switching time
and the number of beds in each of the four zones.

COMPARISON OF THE MODEL AND EXPERIMENTAL
DATA

Previously (1), we reported the experimental results obtained from running
our SMB-IEC system in three different configurations. The following will discuss
the results obtained by fitting the model to Process I, an 18-column configuration,
and then looking at the 9-column configuration (Process II) and conclude with
some optimization studies.

Process I

Process I was chosen as the benchmark for the model (all the model output
in this section of the document is from the same model output). As can be seen in
Figure 5 below, the model fit is not exact. However, after considering the esti-
mated experimental error (shown as error bars) the model fit is reasonable. The er-
ror arises from both fluid sample collection difficulties and inherent error in ana-
lyzing the data. Column 9 is the feed column and thus we are measuring both the
system concentration and the feed contribution when sampling. This adds to un-
certainty for the columns 8 through 10. Zone III, found in columns 9 through 14,
has a fair sugar fit to the concentration data and slightly over predicts the acid con-
centration. Project constraints precluded more accurate data collection. Thus, the
model fit is considered adequate at this level of data uncertainty. We will now con-
sider the model fit and what is provided from the model output.

An important comparison for the model with experimental data is the vari-
ation of the output stream concentrations during each time increment. This vari-
ance was noted, but was not carefully characterized due to lack of project re-
sources. This variance has been noted by other researchers such as Hotier in his
work with the separation of glucose and fructose (14). Figures 6 and 7 show our
model output for this effect. As can be seen in Figure 6, the SMB-IEC sugar out-
put stream, from a concentration of 7.8% to 12.7%. A 10% sugar concentration is
required for fermentation. Figure 6 indicates that a 10% sugar concentration may

Copyright © Marcel Dekker, Inc. All rights reserved.

MaRcEL DEKKER, INC. ﬂ
270 Madison Avenue, New York, New York 10016 o



10: 48 25 January 2011

Downl oaded At:

ORDER REPRINTS
SEPARATION OF ACID AND SUGAR 921

15

10

5 X

0 Q. 0O o
-501234567‘891>0111213I41516l7

Sugar
- Acid

O O Experimental Sugar Data
X X' Acid Experimental Data

ISSugar Stream Outlet vs. Model Time

Figure 5. Process I and model output.

[ I
§ max Sugar) = 12.718%
]
‘J-é mean( Sugar) = 10.573%
5]
3
é min( Sugar) = 7.804%
5 | |
0 200 400
Model Increment Time
Figure 6. Sugar outlet stream concentration.
15Acid Stream Qutlet vs. Model Time
< uf 1 1 '
?; 11 max Acid) = 9.153%
~— 9
A VAN AVANAN |
E 5 )i / / / mean( Acid) = 4.984:%
£ 3
=]
SR Y .
5 -1 min( Acid) = 0.01954%
. 1 .
0 200 400

Model Increment Time

Figure 7. Acid outlet stream concentration.

Copyright © Marcel Dekker, Inc. All rights reserved.

MaRcEL DEKKER, INC. ﬂ
270 Madison Avenue, New York, New York 10016 o



10: 48 25 January 2011

Downl oaded At:

ORDER REPRINTS

922 SPRINGFIELD AND HESTER

be achievable directly from the recovery section; thus, eliminating an evaporation
step to concentrate the sugar within this stream. Eliminating the requirement for
an evaporator will save capital and energy in a commercial plant design. Hotier’s
work demonstrates a similar occurrence with the concentration dropping as the cy-
cle progresses (14). Concentration decreasing in the extract stream is related to di-
lution by the elution fluid. This is the inverse of what happens in the acid stream
as may be seen in Figure 7. While the acid stream fluctuates also, the concentra-
tion values for the acid stream vary from 9.5% (nearly equal to the feed concen-
tration) to 0.0%, a much greater variance. This variance opens the potential for
splitting the acid stream into a high acid concentration-fraction and a low acid
concentration-fraction stream. There are several possible uses in the process for
the dilute or low acid concentration-fraction stream, including using the fluid for
part of the solids washing step or as dilution fluid for the impregnated material
coming out of the extruder. The higher acid concentration stream will require less
energy for evaporation to the impregnation system acid-feed concentration of
70%.

Reflection on the function of the system makes the source of these varia-
tions evident. Taking the acid stream as an example, it can be seen that immedi-
ately following an increment of the column duties (that is an incrementing of the
open valves across the system) the column which now exits to the acid removal
stream was previously in the “solvent saver zone” and initially has effectively no
acid at its outlet. As time passes, the acid progresses down the system and the con-
centration in the outlet stream increases, reaching approximately the feed concen-
tration when at the end of the cycle the valves once again are repositioned. There-
after the process repeats. Thus, one may conclude from the data and the literature
confirmation that our model predicts correctly, within the limits of the data accu-
racy, the output stream concentration cycling.

A third point of consideration is available to provide insight into the model
and help identify any potential problems. This involves assessing the actual pa-
rameters which influence the separation, predominately the species distribution
coefficients. Figure 8 shows these parameters as well as the theoretical plate
heights and the flow rate for each zone. It can be seen from Figure 8 that the sugar
distribution coefficient is constant in the first zone where a high fluid flow rate is
washing the sugar from the resin bed and driving it from the system. In the second
zone, the flow rate is lower and the sugar distribution coefficient is responding to
the presence of the acid (which affects transport of the sugar molecules into the
resin particles) and the decrease in the flow rate. At the beginning of the third zone
there is a discontinuity in the sugar distribution coefficient, which is associated
with the feed inlet. Following this, the sugar distribution coefficient stabilizes as
the flow rate and acid concentration are effectively constant in Zone III. Finally,
in zone four there is a discontinuity at the transition from zone three where the acid
concentration and the flow rate experience substantial change. Thereafter, the dis-
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Figure 8. HETP and Kd for sugar and acid.

tribution coefficient again stabilizes to a constant value in Zone IV. The sugar dis-
tribution coefficient is higher in Zone IV than Zone I. This is expected because the
flow rate is lower in Zone IV relative to Zone 1. The only unanticipated result for
the sugar distribution coefficient is the large magnitude of its value in Zone III.
Therefore, the sugar distribution coefficient, which is in actuality a function of
many influences, is more strongly affected by the presence of the acid than antic-
ipated. The Sugar HETP follows a pattern consistent with the flow rate; and, in as
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much as we have modeled most of the variables that influence the sugar separa-
tion into the distribution coefficient, this parameter is less critical in affecting
model separation performance.

The acid distribution coefficient, also shown in Figure 8, was found to best
fit the experimental data as a constant. This is consistent with what one would ex-
pect for the ionic species in an ion exclusion process; that is, the acid has very lit-
tle penetration into the resin. The acid HETP is also shown in Figure 8 for refer-
ence and again tracks with what one would anticipate.

A final point of consideration for the model is shown in Figure 9. Here we
see that the model rapidly approaches a steady state condition and stabilizes. Ex-
perimentally it was found that approximately 12 cycles were required before
steady state was established. This discrepancy is not everly distressing as the
model assumes perfect control of the flow and does not have to deal with the in-
duced error from sampling. Therefore the results from the model are seen as con-
sistent with what one should expect from a system which operated with inline real
time sampling devices. Note also that in this case the model is predicting an ex-
cellent separation of better than 99% on both streams. In conclusion, the model

Concentration vs. Cycle Number
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Figure 9. Model approach to steady state.
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SEPARATION OF ACID AND SUGAR 925

performance when compared against the base case data of Process I is considered
acceptable. In the following sections we will address the tests performed to ad-
dress the feasibility of reducing the number of columns (Process run II) and also
include a look into the optimization of an idealized SMB-IEC system.

Process 11

In the case of Process I, we were fitting the model to the experimental data
by adjusting thirteen parameters, which address the physical character of the sep-
aration. For Process II we must adjust ten parameters, which control the system
configuration, including the number of columns in each zone, the number of sub-
increments for each column, the number of theoretical plates allowed per zone,
and the physical length of the column. And finally we have six parameters, which
allow us to adjust the fit, that is the flow rates on the inlet streams and the con-
centrations of the species in the feed stream. Thus, to obtain the fit shown in Fig-
ure 10, we only adjusted the flow rates and concentrations of the inlet streams. For
Process II, the model predicted acid profile agrees well with the experimental
data, with the exception of column 14. For column 14, it appears that the titration
analysis for acid concentration must have been in error since it is not reasonable
to expect the acid concentration to suddenly decrease at that location. All the other

0 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15 16 17
Sugar

— Acid

O O Experimental Sugar Data

X X' Acid Experimental Data

Figure 10. Process Il and model output.
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926 SPRINGFIELD AND HESTER

differences between data and model prediction seem to be within the error enve-
lope for the data measurements that is produced by the time lag in actually mak-
ing a data measurement versus the instantaneous value predicted by the model.
The sugar curve from the model is less pleasing for the points at columns 2, 4, and
6. The point at column 6 is reasonably assumed to be due to a titration error. And,
given the difficulty in controlling the flow rate in the experimental system with
only nine control columns, the points at 2 and 4 may be considered accepted.
Thus, we again have a fair model match with the experimental data.

OPTIMIZATION STUDIES

Since the model does an acceptable job of fitting Processes I and II, a po-
tential use for the model is determining the optimum number of columns, or rather
resin volume, per zone. In this case we used the Stat-ease experimental design
software as used for the experimental design for Process II (17). This study uses a
simplex design to probe the question regarding the optimum number of columns
per zone. To facilitate the experimental design, we have used 10 columns rather
than the 9 from Process II. The simplex design allowed the numbers of columns
in a zone to vary from 1 to 7 in each of the four zones. Following running the
model configured for each of the experimental design conditions, we used the nu-
merical optimization routine in the Design-Expert software to find candidate op-
timum points. The best of the candidate points produced the results shown in Fig-
ure 11. This best configuration was defined with 4 columns in Zone 1, 2 columns
in Zone II, 3 columns in Zone III, and 1 column in Zone IV. As seen from Figure
11, the model has predicted excellent separation. Also, note that we have used a
higher acid feed concentration based upon expectations for a pilot plant. The pilot
plant design has been documented elsewhere (18). Note that the mean acid con-
centration is much improved in comparison to Process II in this configuration.

It is also possible to use the model to study the effects of shift time upon the
separation. Figure 12 shows the impact of shift time upon our optimum number
and arrangement of columns. For this study we have used shift times based upon
the shift time used in Process II, 6.2 minutes. Our test involved five conditions:
5.0, 5.6, 6.2, 6.8, and 7.4 minutes. Both species respond as one would anticipate;
for example, the sugar recovery passes a maximum and falls as the shift time
passes the base shift time of 6.2 minutes. The acid will fall at higher shift times.
This SMB-IEC system uses 10 columns rather than the 9 of Process II, which it is
based upon. Since we have added one column it is not unreasonable to find that
the optimum shift time is slightly greater than was needed for 9 columns. The ad-
dition of bed length (or rather volume) to the SMB-IEC system causes this in-
crease. Fluid counter-current flow is a function of the shift time and the bed length.
It is necessary to balance the fluid flow within the system and the counter-current

Copyright © Marcel Dekker, Inc. All rights reserved.

MaRcEL DEKKER, INC. ﬂ
270 Madison Avenue, New York, New York 10016 o



10: 48 25 January 2011

Downl oaded At:

ORDER REPRINTS
SEPARATION OF ACID AND SUGAR 927
15
10
5
% 1 2 3
Sugar
—— Acid

Mean Outlet Concentration (wt%)

Figure 11. Optimized column array model output.
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928 SPRINGFIELD AND HESTER

flow. Thus, in order to maximize the separation, increasing the bed length would
be expected to necessitate an increase in the shift time. This allows the fluid to
propagate through the system to the same degree, as was the case when the sys-
tem has one less column of resin.

A final application of the simulation to the process involved developing
contour plots depicting the effect of changing the water and or recycle flow rate.
The simulation was configured using a 10-column array similar to that used in the
previous optimization studies with the zones consisting of 4, 2, 3, and 1 column
respectively. In this case, elution water flow rate and the sum of the elution water
and the recycle fluid were selected as the test variables. Valve switching time is
determined using a function (2929290/(water flow rate + recycle flow rate) =
shift time in minutes) that is unique to the system we have modeled.

Analysis of the sugar in the acid-rich stream, shown in Figure 13, indicates
higher water flow rates will reduce the concentration of sugar in the acid-rich
stream. This is at the expense of process economics as more water usage results in
greater energy for reconcentration of the acid-rich stream. The contour plot will
allow an operator some guidance, given a maximum allowable sugar concentra-
tion in the acid-rich stream, to select proper water and recycle feed rates. A com-
panion figure showing the acid in the sugar-rich stream is shown in Figure 14. It
is apparent that the recycle flow pushes the acid away from the sugar stream as it
increases within the bounds of the simulation flow rates.

Sugar in the Acid Rich Stream from SMB, ppm
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Figure 13. Predicted sugar concentration in acid rich stream.
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Acid in the Sugar Rich Stream from SMB, ppm
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Figure 14. Predicted acid concentration in sugar rich stream.

CONCLUSIONS

A numerical model for the SMB-IEC system has been developed and suc-
cessfully tested against experimental data. This model provides an adequate fit to
the experimental data and satisfies the intent to fit the SMB-IEC system separa-
tion process using numerical modeling. The model functions to provide insight
into the system operation. SMB-IEC system simulations have been used as a tool
for understanding system separation performance and to predict optimum operat-
ing conditions and system configurations. Online detectors in plant systems will
allow the model to be used to improve process performance to provide process
control.
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